Abstract: Membrane bioreactor systems can enhance anaerobic lactic acid fermentation by reducing product inhibition, thus increasing productivity. In batch fermentations, the bioconversion of glucose is strongly inhibited in the presence of more than 100 g·L −1 lactic acid and is only possible when the product is simultaneously removed, which can be achieved by ceramic membrane filtration. The crossflow velocity is a more important determinant of flux than the transmembrane pressure. Therefore, to stabilize the performance of the membrane bioreactor system during continuous fermentation, the crossflow velocity was controlled by varying the biomass concentration, which was monitored in real-time using an optical sensor. Continuous fermentation under these conditions, thus, achieved a stable productivity of~8 g·L −1 ·h −1 and the concentration of lactic acid was maintained at 40 g·L −1 at a dilution rate of 0.2 h −1 . No residual sugar was detected in the steady state with a feed concentration of 50 g·L −1 .
Introduction
Membrane bioreactors (MBRs) are hybrid systems comprising a bioreactor for bioconversion and a membrane device for separation. Dorr-Olivier Inc. reported the first application of crossflow membrane filtration in an activated sludge bioreactor for wastewater treatment [1, 2] . In this system, the settling tank in a conventional activated sludge process was replaced with a membrane device, improving the effluent quality, increasing volumetric loading rates and solid retention times, and reducing hydraulic retention times and sludge production [3] [4] [5] [6] . In a further development, membranes were directly immersed in the bioreactor to replace the external separation device [7] , significantly reducing the energy costs and footprint. The submerged membranes rely on coarse bubble aeration to minimize fouling, while aeration transfers oxygen to the biomass and maintains the solids in suspension, improving the efficiency of biodegradation. Since these early applications, MBR systems have devolved rapidly to meet diverse requirements in different bioprocesses, reflecting their advantages in terms of biocatalyst immobilization, and simultaneous product generation and recovery. For example, enzyme membrane bioreactors can be used for enzymatic delignification (lignin modification, removal, and utilization) [8, 9] or the production of fructo-oligosaccharides [10] . In addition to the aerobic MBR system for wastewater treatment, anaerobic MBRs can be used in fermentation processes to produce organic acids such as itaconic [11] , propionic [12] , and lactic acids [13, 14] , because the fermentation of these organic acids generally takes place in anaerobic environments. ceramic hollow fiber membrane (Mann + Hummel GmbH, Ludwigsburg, Germany) had a nominal pore size of 40 nm.
Bacterial Culture
Bacillus coagulans PS5, a facultative anaerobic homofermentative L(+) LA-producing bacterium, was kindly supplied by thyssenkrupp Industrial Solutions AG, Process Technologies (Leuna, Germany). The culture medium was modified MRS (de Man, Rogosa, and Sharpe) medium, which contained 4.0 g·L −1 yeast extract, 8 .0 g·L −1 meat extract, 10.0 g·L −1 peptone from casein, 2 g·L −1 K 2 HPO 4 , 0.1 g·L −1 MgSO 4 , 0.03 g·L −1 MnSO 4 , 1.0 g·L −1 Tween-80, and 20 g·L −1 glucose. The inoculum was grown in the same medium. All components were sterilized at 121 • C for 20 min except the glucose, which was sterilized separately.
Batch Fermentation
The batch fermentations were carried out in a 5-L Biostat ® B stirred bioreactor (Sartorius Stedim Biotech GmbH, Göttingen, Germany) at 53 • C with neutralization achieved by adding 5 M NaOH. The influences of fermentation conditions, e.g., glucose concentration and pH value, on the cell growth and LA production were determined to investigate the fermentation kinetics, as well as the optimum culture condition.
Optical Sensor
An EXcell 230 optical sensor, kindly provided by Exner Process Equipment GmbH (Ettlingen, Germany), was used to measure the cell density during fermentation. The EXcell 230 is an online monitoring device based on 880 nm near infrared (NIR) absorbance measurements, which can be used to measure OD values in microbial fermentations. The optical path length of the sensor is 10 mm, which can measure cell densities of up to 200 g·L −1 . The original measurement result was displayed in arbitrary units (AU).
Experimental Equipment
The configuration of the experimental equipment for membrane characterization and continuous fermentation is shown schematically in Figure 1 . In order to increase the dilution rate (D), the fermentations were carried out in a 1.5-L Biostat ® B stirred bioreactor (Sartorius Stedim Biotech GmbH, Göttingen, Germany) instead of the 5-L bioreactor. The pH value was maintained at 6.4 by adding 10 M NaOH. The optical sensor was plugged directly into the bioreactor. The fermentation broth was pumped through the membrane module using a rotary vane pump. The system was set to one of two operational configurations. In the first configuration, when no fresh medium was fed, the membrane was characterized at different TMPs and CFVs using a crossflow filtration system in total recycle mode. Here, the permeate and retentate were returned to the fermenter in order to maintain the concentration and temperature of the fermentation broth. Second, when the continuous fermentation started, the fresh medium was fed into the reactor with a multichannel peristaltic pump. In the meantime, the permeate was first collected in an intermediate reservoir, the weight being monitored using an electric balance. During the continuous operation, the permeate flux must be maintained above a minimum level (desired flux), which is determined by the set dilution rate. Therefore, the collected permeate was partly removed as the product with the peristaltic pump. The output flow was set equal to the input flow (fresh medium) so that the operating volume remained constant, and the rest permeate was then recycled back to the reactor, once the volume of permeate in the intermediate reservoir exceeded 100 mL.
The performance of the MBR system in continuous fermentations was determined by the dilution rate and the feed concentration. D was calculated according to Equation (1) , and controlled by the varying the TMP and CFV.
where F in/out refers to the volumetric flow rate of the medium/product, and V is the operating volume of the reactor. where Fin/out refers to the volumetric flow rate of the medium/product, and V is the operating volume of the reactor. The TMP and CFV were controlled for the desired flux using the rotary vane pump and a stainless steel valve, mounted on the retentate outlet. Permeate flow was monitored online with a miniature oval gear flow meter (B.I.O-Tech e.K., Vilshofen, Germany). The membrane flux was calculated according to Equation (2) once the experiment was completed:
where refers to the volumetric flow rate of the permeate, and A is the membrane effective area. The TMP was varied between 0.2 and 2.5 bar, and the CFV was varied between 0.5 and 3.0 m·s −1 . Since the permeate side was open during the experiments, the pressure on the permeate side was equal to atmospheric pressure. Therefore, the TMP was measured and monitored using two manometers located on the inlet (P1) and outlet (P2) of the membrane module, and was calculated using Equation ( 3):
The CFV (m·s −1 ) was calculated using the quotient of the retentate volumetric flow rate per inner cross-sectional area of the membrane tube.
After each filtration run, the membranes were rinsed with 2-3 L tap water and 2-3 L RO water, respectively. The membranes were then rinsed with 2 L alkaline 1% Asiral ® (Asiral Industrie-Reiniger GmbH, Neustadt, Germany) at 53 °C for 1 h to remove the membrane fouling.
Analytical Method
Glucose and lactate concentrations were measured using Biosen C line GP (EKF-diagnostic GmbH, Barleben, Germany). The OD was measured using a UV-VIS spectrophotometer (Eppendorf AG, Hamburg, Germany). An aliquot was diluted with reverse osmosis (RO) water to ensure the absorbance was <0.5. The OD of the dilution was then measured three times at 600 nm (OD600). To determine the CDW, 10-mL aliquots of cells were collected by centrifugation (10,000 rcf, 10 min, 4 °C) and transferred to a dried, pre-weighed 2-mL centrifuge tube. The cells were then resuspended in RO The TMP and CFV were controlled for the desired flux using the rotary vane pump and a stainless steel valve, mounted on the retentate outlet. Permeate flow was monitored online with a miniature oval gear flow meter (B.I.O-Tech e.K., Vilshofen, Germany). The membrane flux was calculated according to Equation (2) once the experiment was completed:
where F refers to the volumetric flow rate of the permeate, and A is the membrane effective area. The TMP was varied between 0.2 and 2.5 bar, and the CFV was varied between 0.5 and 3.0 m·s −1 . Since the permeate side was open during the experiments, the pressure on the permeate side was equal to atmospheric pressure. Therefore, the TMP was measured and monitored using two manometers located on the inlet (P 1 ) and outlet (P 2 ) of the membrane module, and was calculated using Equation (3):
After each filtration run, the membranes were rinsed with 2-3 L tap water and 2-3 L RO water, respectively. The membranes were then rinsed with 2 L alkaline 1% Asiral ® (Asiral Industrie-Reiniger GmbH, Neustadt, Germany) at 53 • C for 1 h to remove the membrane fouling.
Glucose and lactate concentrations were measured using Biosen C line GP (EKF-diagnostic GmbH, Barleben, Germany). The OD was measured using a UV-VIS spectrophotometer (Eppendorf AG, Hamburg, Germany). An aliquot was diluted with reverse osmosis (RO) water to ensure the absorbance was <0.5. The OD of the dilution was then measured three times at 600 nm (OD 600 ). To determine the CDW, 10-mL aliquots of cells were collected by centrifugation (10,000 rcf, 10 min, 4 • C) and transferred to a dried, pre-weighed 2-mL centrifuge tube. The cells were then resuspended in RO water and centrifuged at 16,100 rcf for 2 min at 4 • C (Eppendorf AG). The pellets were washed, centrifuged twice as above and dried at 55 • C until a constant mass was obtained.
Calculation
The product-substrate yield (Y p/s ) was defined as the increase in LA per consumed glucose (Equation (4)):
The productivity of LA (Q p ) was defined as the increase in LA per unit of time during fermentation (Equation (5)). The overall productivity of LA during the batch fermentation (Q p ) was then equal to the final LA concentration divided by the entire fermentation time. For continuous fermentation, the productivity of LA was calculated with the concentration of LA in the outlet flow and the dilution rate according to Equation (6):
The specific growth rate (µ) was measured using the EXcell sensor, OD 600 values and CDW, and was used to characterize the kinetics of the LA fermentation. The data obtained from the optical sensor were fitted to Equation (7) to calculate the maximum specific growth rate (µ max ), where N refers to data captured during the exponential phase:
For offline measurement, µ was defined as the increase in biomass per unit time (Equation (8)), where M is the OD 600 value or CDW, as appropriate:
Results

Batch Fermentation for LA Production
Figure 2 compares fermentations using B. coagulans with two initial glucose feed concentrations (100 and 180 g·L −1 ). Both fermentations started with 1/30 (v/v) inoculum. The cells reached the exponential phase after a 4-h lag phase. The µ max values achieved with the two initial glucose concentrations were 1.1 ± 0.1 and 0.9 ± 0.1 h −1 , respectively. Although the cell growth gradually declined after 10 h, the cell dry weight (CDW) kept increasing to a maximum at~25 h.
The decreasing cell growth rate also caused a gradual decline in the glucose consumption and LA production rates. The 100 g·L −1 initial glucose was completely consumed during the first 48 h of the fermentation, and was converted into LA with a product-substrate yield (Y p/s ) of 0.84 g·g −1 . The overall LA productivity (Q p ) was 1.61 ± 0.12 g·L −1 ·h −1 . When the initial glucose increased to 180 g·L −1 , the final concentration of LA did not increase significantly because there was~90 g·L −1 of residual sugar. Figure 3 shows the filtration of the LA fermentation broth using a 100 kDa membrane under different operating conditions. The permeate flux strongly decreased within 30 min and gradually reached the steady state. When the CFV increased from 0.8 to 1.6 m·s −1 , the flux at 6 h increased from 10 to 75 L·m −2 ·h −1 . In contrast, the flux only increased to 20 L·m −2 ·h −1 when the TMP was increased to 1.6 bar at a constant CFV of 0.8 m·s −1 . 
Filtration Performance of Ceramic Membranes
Dynamic Calibration of the EXcell Sensor
Dynamic calibration is necessary because optical measurements during the fermentation depend on the varying biomass concentration. Offline measurements, i.e., the OD measurement and direct weighing, were used as reference methods. As an example, Figure 4 shows dynamic calibrations of the OD measurement (a) and the EXcell sensor (b) with fermentation broth containing B. coagulans. Both of the OD measurements and the sensor values showed a linear correlation with the biomass concentration up to 2 g·L −1 (Equations (9) and (10)). Figure 3 shows the filtration of the LA fermentation broth using a 100 kDa membrane under different operating conditions. The permeate flux strongly decreased within 30 min and gradually reached the steady state. When the CFV increased from 0.8 to 1.6 m·s −1 , the flux at 6 h increased from 10 to 75 L·m −2 ·h −1 . In contrast, the flux only increased to 20 L·m −2 ·h −1 when the TMP was increased to 1.6 bar at a constant CFV of 0.8 m·s −1 . Figure 3 shows the filtration of the LA fermentation broth using a 100 kDa membrane under different operating conditions. The permeate flux strongly decreased within 30 min and gradually reached the steady state. When the CFV increased from 0.8 to 1.6 m·s −1 , the flux at 6 h increased from 10 to 75 L·m −2 ·h −1 . In contrast, the flux only increased to 20 L·m −2 ·h −1 when the TMP was increased to 1.6 bar at a constant CFV of 0.8 m·s −1 . 
Filtration Performance of Ceramic Membranes
Dynamic Calibration of the EXcell Sensor
Dynamic calibration is necessary because optical measurements during the fermentation depend on the varying biomass concentration. Offline measurements, i.e., the OD measurement and direct weighing, were used as reference methods. As an example, Figure 4 shows dynamic calibrations of the OD measurement (a) and the EXcell sensor (b) with fermentation broth containing B. coagulans. Both of the OD measurements and the sensor values showed a linear correlation with the biomass concentration up to 2 g·L −1 (Equations (9) and (10)). 
Continuous Fermentation of LA in the MBR
The higher productivity of the continuous process requires a continuous supply of substrate. Therefore, before the start of continuous fermentation, a batch fermentation phase is necessary to accumulate enough viable cells in the reactor with a sufficient growth rate to convert the fed substrate. Once cell growth reaches the deceleration phase, as indicated by the optical sensor, the process can be switched to continuous operation. Figure 5 shows the time course of biomass and flux during a continuous fermentation as an example of two replications under this condition. The batch fermentation was carried out with cglu = 20 g·L −1 at pH 6.4. Two hours after inoculation, cell growth reached the exponential phase, which is clearly represented by the straight line in the semilogarithmic growth plot. As the glucose was gradually consumed, cell growth slowed down due to substrate limitation. Before the glucose was exhausted, fresh medium with a glucose concentration of 50 g·L −1 was fed into the reactor. The process was then switched to continuous operating mode. In comparison to the growth curve in the batch processes, the cell density kept increasing throughout the process, rather than immediately declining after the consumption of the substrate. Meanwhile, the flux strongly declined during the fermentation, falling from 180 to 30 L·m −2 ·h −1 due to membrane fouling within the first 6 h of filtration. When the sensor readout reached ~1.50, the CFV was increased from 1.6 to 2.0 m·s −1 . The flux then increased to 40 L·m −2 ·h −1 . Over the following 18 h, the flux declined to 25 L·m −2 ·h −1 , while the sensor readout increased to ~1.80. The CFV was then increased to 2.4 m·s −1 , preventing further flux decline, successfully maintaining the flux above the critical level, and ensuring the stability of the entire continuous process. 
The higher productivity of the continuous process requires a continuous supply of substrate. Therefore, before the start of continuous fermentation, a batch fermentation phase is necessary to accumulate enough viable cells in the reactor with a sufficient growth rate to convert the fed substrate. Once cell growth reaches the deceleration phase, as indicated by the optical sensor, the process can be switched to continuous operation. Figure 5 shows the time course of biomass and flux during a continuous fermentation as an example of two replications under this condition. The batch fermentation was carried out with c glu = 20 g·L −1 at pH 6.4. Two hours after inoculation, cell growth reached the exponential phase, which is clearly represented by the straight line in the semi-logarithmic growth plot. As the glucose was gradually consumed, cell growth slowed down due to substrate limitation. Before the glucose was exhausted, fresh medium with a glucose concentration of 50 g·L −1 was fed into the reactor. The process was then switched to continuous operating mode. In comparison to the growth curve in the batch processes, the cell density kept increasing throughout the process, rather than immediately declining after the consumption of the substrate. Meanwhile, the flux strongly declined during the fermentation, falling from 180 to 30 L·m −2 ·h −1 due to membrane fouling within the first 6 h of filtration. When the sensor readout reached~1.50, the CFV was increased from 1.6 to 2.0 m·s −1 . The flux then increased to 40 L·m −2 ·h −1 . Over the following 18 h, the flux declined to 25 L·m −2 ·h −1 , while the sensor readout increased to~1.80. The CFV was then increased to 2.4 m·s −1 , preventing further flux decline, successfully maintaining the flux above the critical level, and ensuring the stability of the entire continuous process.
At the end of the batch operation, the instantaneous LA productivity reached 5-6 g L −1 h −1 . The permeate containing LA was subsequently removed from the reactor by filtration and fresh medium was added to supply the required substrate. Figure 6 shows the change in glucose and lactate concentration, as well as the instantaneous productivity of the reactor. The residual sugar was consumed within 6 h. The remaining glucose was then converted into LA leaving no residual sugar. However, the lactate concentration kept increasing within the first 20 h of the continuous fermentation due to the continuous glucose supply. After reaching its maximum of 42 g·L −1 , the lactate concentration stabilized at~40 g·L −1 with the product-substrate yield of 0.8 g·g −1 . The productivity of this system reached~8 g·L −1 ·h −1 at the steady state. At the end of the batch operation, the instantaneous LA productivity reached 5-6 g L −1 h −1 . The permeate containing LA was subsequently removed from the reactor by filtration and fresh medium was added to supply the required substrate. Figure 6 shows the change in glucose and lactate concentration, as well as the instantaneous productivity of the reactor. The residual sugar was consumed within 6 h. The remaining glucose was then converted into LA leaving no residual sugar. However, the lactate concentration kept increasing within the first 20 h of the continuous fermentation due to the continuous glucose supply. After reaching its maximum of 42 g·L −1 , the lactate concentration stabilized at ~40 g·L −1 with the product-substrate yield of 0.8 g·g −1 . The productivity of this system reached ~8 g·L −1 ·h −1 at the steady state. At the end of the batch operation, the instantaneous LA productivity reached 5-6 g L −1 h −1 . The permeate containing LA was subsequently removed from the reactor by filtration and fresh medium was added to supply the required substrate. Figure 6 shows the change in glucose and lactate concentration, as well as the instantaneous productivity of the reactor. The residual sugar was consumed within 6 h. The remaining glucose was then converted into LA leaving no residual sugar. However, the lactate concentration kept increasing within the first 20 h of the continuous fermentation due to the continuous glucose supply. After reaching its maximum of 42 g·L −1 , the lactate concentration stabilized at ~40 g·L −1 with the product-substrate yield of 0.8 g·g −1 . The productivity of this system reached ~8 g·L −1 ·h −1 at the steady state. 
Discussion
Batch Fermentation
Studies of LA production have mostly focused on increasing the final concentration of LA in the fermentation broth [37] [38] [39] because a high titer reduces downstream processing costs during industrial production [31] . In batch fermentations, higher LA titers are usually achieved by increasing the initial substrate concentration. However, due to product inhibition, the consumption of glucose and the production of LA gradually declines as LA accumulates in the reactor [26, 39] . When the concentration of LA exceeds a certain threshold, the residual sugar cannot be utilized and is wasted. Furthermore, increasing the substrate concentration does not usually increase the productivity to more than 6 g·L −1 ·h −1 [15, 25, 26, [37] [38] [39] because the duration of the entire fermentation is prolonged. Therefore, in situ product removal, e.g., by membrane filtration, is a promising approach to improve productivity by preventing product inhibition.
Filtration of the Fermentation Broth
According to the mass transfer model of membrane filtration, the flux is proportional to TMP and is not affected by the CFV, but only when only pure water is filtered [35, 36, 40] . The situation becomes more complex when the fermentation broth is filtered because the components can foul the membrane via mechanisms, such as concentration polarization and cake layer formation [36, 40, 41] . Our previous investigation indicated that the cake layer formed by cells deposited on the membrane surface is the major cause of resistance during the filtration of B. coagulans fermentation broth [35] . Due to the high length/diameter ratio of B. coagulans, the cake layer is sensitive to changes in pressure. At the low pressure of 0.4 bar, the loose cake layer can be removed easily by applying a high CFV. In contrast, the cake layer is strongly compressed at high TMP, causing a much greater resistance. Therefore, increasing the CFV may improve the flux more effectively than increasing the TMP.
Dynamic Calibration of the Optical Sensor
Calibration is generally necessary for the quantitative measurement of an objective using an optical sensor because the sensor signal varies in different particle systems due to differences in particle morphology. The excellent linear correlation with the OD measurement suggests that the cell morphology did not vary significantly during the fermentation. Our results demonstrate that the OD values can accurately represent the increase in biomass concentration. Meanwhile, the values reported by the EXcell sensor showed a linear correlation with the biomass concentration. EXcell sensor values could, therefore, be used to replace offline measurements for quantitative calculations such as the determination of µ max , because the cell density at the end of exponential phase (~0.5 g·L −1 ) did not extend beyond the linear range of the sensor signal. The EXcell sensor is more convenient for quantitative measurements than some other types of optical sensors, such as scattering light sensors, which often require complicated non-linear regression [42] . Additionally, the sensor value continued to show a positive correlation when the cell density was beyond the linear range. Therefore, the EXcell sensor was used in our MBR system for the online monitoring of cell growth.
Continuous Fermentation of LA in the MBR
The MBR system has always suffered from severe membrane fouling, in particular when the cell number increases continuously [43] . The stable operation of a continuous MBR fermentation is, therefore, difficult to achieve in the absence of fouling control [44] . Considering the high compressibility of the cake layer, previous investigations suggested that a lower TMP may be preferable for filtration during continuous fermentation [35, 44] . Therefore, we carried out the continuous fermentation at 0.4 bar, and applied stepwise increases in the CFV to minimize fouling, thus maintaining the flux above the desired level. Online monitoring using the optical sensor indicated the most appropriate time points to increase the CFV, enhancing the convenience and reliability of process control.
MBRs not only aim to improve the stability of continuous fermentation but also the efficiency of LA production, i.e., they aim to achieve a high titer of LA and sufficient substrate utilization. High titers of LA in the permeate are generally achieved by ensuring a high feed concentration. However, this often causes a buildup of residual sugar in the permeate [32, 45] . In our previous investigation, the residual sugar concentration rose to a maximum of 20 g·L −1 when 70 g·L −1 glucose was fed at a dilution rate of 0.2 h −1 [44] . Here, the same LA concentration was achieved with a lower feed concentration of 50 g·L −1 and no residual sugar was detected, greatly minimizing substrate waste.
The performance of an MBR system, e.g., productivity of LA, consumption rate of substrate, product yield, can strongly influence the production cost of LA. Table 1 compares the general performance of our system with the other fermentation systems reported in the literature: In addition to the operation mode of fermentation, various previous investigations in the literature also used approaches from different aspects to intensify the LA production, reducing its production cost, e.g., utilizing economical feedstock sources [50] [51] [52] , selecting highly-productive strains of microorganisms [53] , and optimizing fermentation conditions [31, 54] . Moreover, the lactate in the permeate can be treated further by other membrane processes, e.g., bipolar electrodialysis can convert it into LA, while regenerated alkaline can be reused for the neutralization of the fermentation broth [55] [56] [57] . Subsequently, the generated LA can be purified and concentrated by nanofiltration, further improving the process efficiency [32] .
Conclusions
We successfully established an anaerobic MBR system for continuous LA fermentation and demonstrated that it can increase productivity mainly because cell retention achieved by membrane filtration increases the cell density, and continuous product removal alleviates the inhibitory effect of accumulated LA. This investigation provided an alternative approach to enhance the efficiency of fermentations that currently suffer from product inhibition. The fouling control strategy, based on stepwise increases in CFV, ensures the desired flux is maintained during continuous fermentation, increasing the operating life of the membrane, and reducing the operating cost. The use of an optical sensor for the online monitoring of cell density provided more insights into this process. The productivity of the MBR system in terms of LA yield was five times higher than in conventional batch processes.
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